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H I G H L I G H T S

� New insights to the transport and
reactor-scale effect on the FCC in
riser reactors.

� Simultaneous transfer and FCC reac-
tion, particle kinetics and flow are
considered.

� A multi-scale model incorporates
the CFD, single particle, FCC kinetics
and PBM.

� The work demonstrated three cata-
lytic and reactive operating zones in
FCC risers.
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a b s t r a c t

This study provides new insights into fluid catalytic cracking (FCC) riser reactor from multi-scale
viewpoint. The problem of simultaneous intraparticle molecule transfer and reaction, particle kinetics,
and gas–solid flow in polydisperse FCC riser reactors was considered. A multi-scale CFD method was
developed for constructing a multi-scale model to solve this problem. The multi-scale model consisted of
a two-phase CFD model incorporating a single-particle model and a population balance model. The main
flow field distribution parameters within the catalyst particles and reactors as well as the solid particle
size distribution (PSD) could be calculated simultaneously based on intraparticle transfer and reaction
using these models. The single-particle and multi-scale models were first verified and evaluated. Based
on the validated models, intraparticle transfer limitations and/or flow fields in two size-scale FCC riser
reactors were predicted. The simulations demonstrated three different reaction zones in FCC risers, and
more elaborate mass, heat, and momentum transfer behaviors could be obtained. The simulations also
demonstrated that particle kinetics (i.e., breakage and aggregation) have obvious influences on the FCC
flow field in FCC risers; these effects have not been observed in conventional CFD models.

& 2014 Elsevier Ltd. All rights reserved.

1. Introduction

Fluid catalytic cracking (FCC) is an industrial process in which
high molecular-weight hydrocarbons are converted into lower-

molecular weight products of higher value. Approximately 45% of
gasoline produced worldwide is obtained via the FCC process and
its ancillary units (Xu et al., 2002). The key FCC reaction in the
process is generally accomplished within short contact time-riser
reactors, where the FCC catalyst is pneumatically conveyed by the
hydrocarbon vapor from the bottom to the top of a vertical lifeline
(Sadeghbeigi, 2000; Gao et al., 2008a, 2008b; 2009a, 2009b; Gan
et al., 2011; Gilbert et al., 2011). Modern FCC riser reactors require
to be handled a wide range of feedstocks and maximize light
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olefins product for meeting market need (Chang et al., 2013).
These changes significantly depend on a more comprehensive
understanding of FCC riser reactors (Schwarz and Lee, 2007).

A typical FCC process (Fig. 1) proceeds by allowing contact
between the vaporized feed and a solid zeolite catalyst after
injection of the preheated liquid feedstock with steam through
feed nozzles near the riser bottom. The feed vaporizes almost
instantaneously to form vacuum gas oil (VGO) if it contacts with
the hot catalysts. Thus, the FCC system can be handled as a gas–
solid system (Wu et al., 2010; Pashikanti and Liu, 2011; Zhu et al.,

2011). The gas phase consists of VGO, by-products and products,
whereas the solid phase consists of catalyst particles. Given that
the fresh FCC catalyst particles enter the riser as a single compo-
nent with particle size distribution (PSD), the solid phase can be
characterized by PSD (Li et al., 2013), which can be directly linked
to particle kinetics, i.e., particle abrasion, aggregation, and break-
age, in the FCC process (Yan et al., 2012a, 2012b).

Catalytic cracking reactions occur in catalyst particles when
they are exposed to the gas phase (Marroquin et al., 2005).
The commercial FCC catalysts (o100 mm) available are generally
fabricated with 1–2 μm Y-zeolite crystals dispersed in a silica–
alumina matrix, and only those hydrocarbon species with a kinetic
diametero10.2 Å can penetrate the zeolite pores (Venuto and
Habib, 1979). FCC is a highly endothermic process involving
complex intraparticle heat transfer phenomena that lead to an
increase in intraparticle mass and heat transfer resistances.
Knowledge of the solid PSD and intraparticle (diffusion and heat)
transfer is necessary to understand the mixing effects inside a riser
because these factors are expected to influence the reaction
kinetics and the catalyst activity significantly (Karger and
Ruthven, 1992; Chen et al., 2011; Lasa et al., 2011). Thus, different
length scales (multi-scale) are involved in FCC risers because of
the coupling of particle transfer and reaction (Bi and Li, 2004), and
gas–solid FCC riser reactors are multi-scale structures (i.e., single
catalyst particles, particle clusters/bubbles, and reactor) with
multiple physical features (i.e., gas–solid flow hydrodynamics,
particle kinetics, heat and mass transfer, and catalytic reaction
kinetics; Fig. 2) (Bi and Li, 2004; Dompazis et al., 2008). Obtaining
detailed models of such reactors is difficult because such models
require a suitable reactor design, accounting for complex gas–solid
flow, particle–particle and particle–reactor interactions, intrapar-
ticle transfer, and nanoscale phenomena, such as the kinetics of
the catalyst active sites and intraparticle molecular transport and
collision (Dompazis et al., 2008). A multi-scale CFD model based
on the Euler–Euler method is necessary to address these
complexities.

Most available works on FCC riser have concentrated on
intraparticle transfer or gas–solid flow hydrodynamics in reactors,Fig. 1. Schematic diagram of FCC unit.

Fig. 2. The multi-scale phenomenon in the FCC riser reactor.
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and few integrated studies have been conducted in this area. Nace
(1970) experimentally investigated transfer limitations of gas
molecules and their influences on FCC. Al-Khattaf and de Lasa
(1999) calculated the effective diffusivity in Y-zeolites and demon-
strated that diffusional constraints significantly affect primary
FCC reactions. Wang et al. (2011) studied the limited intraparticle
transfer of residual molecules at catalytic reaction condition. Chen
et al. (2013) suggested a particle model to predict FCC intraparticle
transfer behavior. The above works address these important
phenomena of FCC intraparticle transfer but do not consider
two-phase flow or catalyst PSD. Han and Chung (2001) developed
a dynamic simulator to investigate the detailed dynamics of an
FCC process. Nayak et al. (2005) computationally studied vapor-
ization and cracking of liquid oil injected in a FCC riser reactor. Gao
et al. (2008, 2009) investigated the hydrodynamics of binary
mixture of particles in a turbulent FCC riser by experimentation
and the CFD method. Vegendla et al. (2012) presented a hybrid
solution algorithm to simulate an FCC riser using a 12 lumped-
species reaction kinetic model. However, none of these studies
addressed intraparticle transfer and PSD in FCC reactors. Dutta
et al. (2012) recently simulated the hydrodynamic behavior of
dispersed gas–solid flow in an industrial-scale FCC riser using the
CFD approach incorporating the population balance model (PBM).
Li et al. (2013) adopted a CFD–PBM coupled model to describe the
turbulent gas–solid flow and reaction in a polydisperse FCC riser
reactor. However, Dutta et al. and Li et al.'s works did not
incorporate the intraparticle transfer model into their coupled
model. Thus, intraparticle transfer limitations were still ignored in
their studies (Dutta et al., 2012; Li et al., 2013).

The studies described thus far clearly demonstrate that early
efforts on FCC riser reactors were directed toward the detailed
aspects of intraparticle transfer (and reaction) and gas–solid flow
with/without particle PSD. However, in practice, the two aspects
are coupled (Kiss and Hudson, 2003). Comprehensive descriptions
of behaviors encompassing simultaneous intraparticle transfer and
reaction, gas–solid two-phase flow combined with solid PSD in the
FCC reactor are also obviously neglected, as evidenced by the
absence of multi-scale modeling of FCC risers in previous works.

Two approaches (i.e., sequential and iterative) have been used
in multi-scale CFD modeling (Bi and Li, 2004). For sequential
modeling, simulation data are simply passed from smaller scales
to larger scales with no feedback (Bi and Li, 2004; Dollet, 2004).
By contrast, an iterative model is coupled with different models at
various scales to allow simultaneous interaction between scales
(Bi and Li, 2004). Strong and complex interactions between elements/
components at different scales in gas–solid catalytic reactors,
including FCC risers, may be found; thus, information on transfer
from larger scales to smaller scales is necessary. Considering its
many features, the iterative multi-scale model is highly appro-
priate for describing such reactors. However, the multi-scale
models currently available are mostly simple sequential models
and few of these models are iterative ones (Kiss and Hudson,
2003; Li et al., 1999; Li and Kwauk, 2003; Bi and Li, 2004; Van den
Akker, 2010). Wang and Li (2007) developed a classical mechan-
istic approach, i.e., the energy minimization multi-scale approach,
to implement an iterative multi-scale CFD modeling in multi-
phase reactors, wherein the variational criterion is formulated
based on an evaluation of the compromise among interacting
mechanisms.

The main objective of the present study is to obtain a more
comprehensive understanding of FCC riser reactors from the
chemical engineering viewpoint and provide new multi-scale
insights into FCC riser reactors. A directly iterative multi-scale
CFD simulation approach suggested by Luo et al. at Shanghai Jiao
Tong University and Xiamen University (Chen et al., 2013) was
adopted to construct a novel multi-scale CFD model for describing

simultaneous intraparticle transfer and reaction as well as gas–
solid two-phase flow in polydisperse FCC riser reactors. The multi-
scale model developed here utilizes a two-phase CFD model and
combines a single-particle model and PBM. The main flow field
distribution parameters within the catalyst particles and reactors
are calculated while simultaneously accounting for intraparticle
transfer and reaction and solid PSD using the multi-scale CFD
model and its sub-models.

2. Model description

A novel multi-scale model based on an Eulerian–Eulerian two-
fluid model incorporating a single-particle model and PBM was
developed to describe the FCC reaction process realistically.
Intraparticle transfer limitation, PSD, and gas–solid two-phase
flow were considered simultaneously. Given that the three models
are widely used in various two-phase reaction systems, they are
described in brief in the Supporting information (see Supporting
information for details). Herein, the selected FCC kinetic model
(included in the single-particle model) is listed first because these
multi-scale models and approaches are applied to the FCC reaction
process in riser reactors. The concurrent multi-scale coupling
procedure of the three models is then described.

2.1. Reaction kinetic model

With the fluid flow in the reactor, the FCC reaction occurs
within catalyst particles. The FCC kinetic model should thus be
incorporated into the single-particle model through the kinetic
term, ℜi, in Eq. (S5) and (S17). FCC reaction kinetics is remarkably
influenced by the feedstock and catalyst employed. Mathematical
models dealing with FCC kinetics can be categorized into two
types. In the first category, the lumps are made on the basis of the
boiling range of the feedstock and corresponding products in
the reaction system. This type of models has an increasing trend
in the number of lumps of gas components. In the second category,
lumps are produced on the basis of the characteristics of the
molecular structure of hydrocarbon groups in a reaction system.
This category of models emphasizes detailed descriptions of feed-
stock (Wang et al., 2005). In both categories, the reaction kinetics
considered is the “conversion” of one lump into another and not
the “cracking” of an individual lump; the kinetic constants depend
on the feedstock composition and must be determined for each
combination of feedstock and catalyst.

Many lumped kinetic models have been successfully developed
to describe the FCC reactions. For instance, the three-lump kinetic
model was developed for VGO feed (Weekman and Nace, 1970),
the four-lump kinetic model was developed by separating coke
from the three-lump kinetic model (Lee et al., 1989), the six-lump
kinetic model was developed for feed blended with vacuum
residua (Takatsuka et al., 1987), and the ten-lump kinetic model
was developed to consider other feed properties in addition to
boiling range (Jacob et al., 1976), Other lumped kinetic models
with greater complexity (Sha et al., 1985, 1995; Zhu et al., 1985)
have also been described.

In the present work, the riser performance is simulated based
on the four-lump kinetic model. The present simple kinetic model
is suitable for predicting the effect of reactor feedback on the flow
and reactor performance. Furthermore, the four-lump kinetic
model is also easy to couple with material and energy balance
equations as well as the single-particle model. The four-lump
kinetic model based on the ultrastable submicron Y (USY) zeolite
catalyst was developed by Gianetto et al. (1994). The values of
the frequency factors and activation energies corresponding to the
USY catalyst reported by Gianetto et al. were coupled with the
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two-dimensional reactor model for riser units by Berry et al.
(2004) but poor predictions of the conversion and yields com-
pared with the plant data were obtained. The model predictions
were then improved by adjusting the activation energies for
the reactions of gas oil consumption. More recently, Wu et al.
(2009) performed two reasonable modifications on the four-lump
kinetic model based on a re-evaluation of the kinetic parameters
from available data. Finally, we obtained the kinetic parameters
(Table 1) based on these three studies. The feed characteristics
(Tables 3 and 4) and catalyst (Table 2) used in this work are similar
to those employed in the three studies.

The reaction scheme for the four-lump kinetic model can be
found in Fig. 3. The four-lump kinetic model involves four
simultaneous equations describing the evolution of unconverted
gas oil lump (A), gasoline lump (B), light gas lump (C), and coke
lump (D). The rate laws for gas oil reaction are second order with
respect to the gas oil concentration, whereas the rate of gasoline
decomposition is first order with respect to its concentration. The
reaction rates for the four components are shown in Fig. 3; these
rates are formulated as functions of the molar concentrations of
the components in a certain step given as follows (Gianetto et al.,
1994; Berry et al., 2004):

ℜ1 ¼ �ϕðtcÞðK1þK2þK3ÞC2
1; ð1Þ

ℜ2 ¼ ϕðtcÞ M1

M2
K1�ðK4þK5Þ

� �
C2; ð2Þ

ℜ3 ¼ ϕðtcÞ M1

M3
K2þ

M2

M3
K4

� �
C2; ð3Þ

ℜ4 ¼ ϕðtcÞ M1

M4
K3þ

M2

M4
K5

� �
C2; ð4Þ

ϕðtcÞ ¼ e�αC4 : ð5Þ
The kinetic parameters are listed in Table 1 (Berry et al., 2004;
Nayak et al., 2005; Wu et al., 2009).

Table 1
Kinetic parameters for the 4-lump kinetic model.

Reactions Ai
a Ei

a/(J/mol) ΔHi
b/(J/

mol)

K1 6.651(71.329)�104 m6=

ðmol kgcat sÞ
9.820(70.128)�104 195,000

K2 2.411(70.516)�106 m6=

ðmol kgcat sÞ
1.261(70.014)�105 670,000

K3 1.766(752.47)�105 m6=

ðmol kgcat sÞ
1.324(72.228)�104 745,000

K4 8.650(792.90)�102 m3=

ðkgcat sÞ
1.137(74.284)�105 512,500

K5 2.233(77.968)�101 m3=

ðkgcat sÞ
5.912(72.546)�104 550,000

ϕðtcÞ ¼ e�αCD αc ¼ 391740 m3=kmol

cData from Berry et al. (2004).
a Data from Wu et al. (2009).
b Data from Nayak et al. (2005).

Table 2
Model parameters and computational conditions.

Description Value

Particle
Diameter (m) 7.0e�5a

Density (kg/m3) 1500a

Heat capacity (J/kg K) 1150a

Thermal conductivity (W/m K) 0.0454b

Curvature factor 3.617c

Intraparticle porosity 0.3848n

Average pore diameter (m) 2.5409e�9n

Operating condition at inletd

Gas temperature (K) 823
Catalyst temperature (K) 873
Gas flow rate (kg/m2s) 6
Catalyst-to-oil ratio, CTO 10
Pressure (kPa) 25

Boundary conditions and model parameters
Inlet boundary condition Velocity inlet
Outlet boundary condition Pressure outlet
Wall boundary condition No slip for gas, part slip for solid
Wall thermal conditions Adiabat
Near-wall treatment Non-equilibrium wall functions
Particle–particle restitution coefficient 0.95
Particle-wall restitution coefficient 0.90
Granular viscosity Gidaspow (1994)
Granular bulk viscosity Lun et al. (1984)
Gravitational acceleration(m/s2) 9.81
Transport and reaction Volumetric Reaction (By UDF)
Solid phase packing limit 0.63
Time step(s) 10�3

Convergence criteria 10�3

a Data from Wu et al. (2009).
b Data from Nayak et al. (2005).
c Data from Wang et al. (2011).
d Data from Wu et al. (2010).
n Data estimated from empirical equation (Chen et al., 2005).

Table 3
Physical properties of each component.

Component Molecular weight
(kg/kmol)

Specific heat
(J/kg/K)

Viscosity
(kg/m/s)

VGO 448 Cp ¼ AþB T
1000

þC
T

1000

� �2
5e�5

Gasoline 112 1.66e�5
Gas 56 1.66e�5

Coke 448 510 1.66e�5

(1) Data from Wu et al. (2010), (2) Coke is treated as a component of gas phase with
the same molecular weight with gas oil to eliminate its effect on the gas velocity.
The same approach was used in Nayak et al. (2005).

Table 4
Mass heat capacity of fluid component.

Component Aj Bj Cj

VGO 338.0 4920.7 �1717.6
Gasoline 296.2 5068.9 1788.8
Gas 382.6 5039.9 �1725.2

(1) Data from Wu et al. (2010) (2) The heat capacity of fluid component are
calculated by the equations given in Table 3.

Fig. 3. The kinetic scheme used in this work.
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2.2. Multi-scale modeling

To reproduce the FCC reaction process in a riser realistically, the
single-particle model and PBM must be incorporated into the CFD
model. The coupling scheme for the developed multi-scale model
is shown in Fig. 4. The detailed description of Fig. 4 is as follows:

Step 1: QMOM is used to represent the FCC PSD. The weights
(Li) and abscissas (pc;pi) show the mean diameter (L32) and volume
fraction of the solid phase (αs). Step 2: The two-fluid model is
initialized with the volume fraction calculated from Step 1. The
governing equations are solved at every time step and grid point.
From the two-fluid model, we can obtain the main parameters
(e.g., pressure, temperature, species mass fraction, etc.). Step 3:
Using the obtained parameters calculated from Step 2 as the
boundary conditions, the single-particle model can be solved to
obtain the real average volume reaction rates and reaction heat.
Step 4: Interactively, the average volume reaction rates and
reaction heat calculated from Step 3 are returned to solve the
species transport equations and other related governing equations
at the current solution of the CFD model. The flow field is then
updated and Steps 2–4 are repeated for the next iteration.

The developed multi-scale model supposes that the grid inside
a CFD model is sufficiently fine (grid independency analysis, Fig. 5
(c)) such that the parameter distribution within a single computa-
tional cell is minimal compared with that over the entire reactor
and can be ignored and that the cell is the smallest unit that can be
distinguished by the CFD model. Thus, all of the catalyst particles
inside the same computational cell for the CFD model experience
the same external conditions to ensure effective coupling of the

single-particle and CFD models. As a result, the single-particle
model, the CFD model, and the PBM can be successfully coupled
(the verification and evaluation of the coupled algorithm are found
in Section 4.2). The developed multi-scale model, which considers
both intraparticle transfer effect and particle size distribution, can
accurately capture the gas–solid reaction flow behaviors usually
missed by the pure conventional CFD model in FCC risers, thereby
providing new insights. The application of this multi-scale model
is described in detail below (Section 5).

3. Simulation conditions and modeling method

3.1. Simulated system and model parameters

To validate the efficiency and accuracy of the developed multi-
scale approach/model, simulations of gas–solid reaction flows
were performed in 2D domains for the laboratory-scale riser
reactor described in Wu et al.'s work (2010). As described in
Fig. 5(b), the width and height of the riser are 0.05 and 2.0 m,
respectively. The model parameters and computational conditions
are given in Table 2, the physical properties of each component are
given in Tables 3 and 4, and the auxiliary equations for the gas
mixture are given in Table 5. Tables 1 and 2 listed the simulation
parameter values. The boundary conditions include (1) uniform
velocity inlet boundary conditions, (2) pressure outlet boundary
conditions, and (3) no slip/zero diffusive flux/zero heat flux wall
boundary conditions.

Fig. 5. FCC riser configurations diagram and grid independency ((a) Configuration diagram, (b) CFD grid, (c) Gird independency analysis)).

Fig. 4. The couple schematic of the multi-scale model.

Table 5
Auxiliary equations of gas mixture.

Item Auxiliary equation

ρ
ρ¼ P

RT∑Yi=Mi

CP 2.52Tþ981.0
λ 5.526e�5Tþ0.01155
μ 0.1672e�5

ffiffiffi
T

p
�1.058e�5

M 1
∑Yi=Mi

The auxiliary equation from Gao et al. (1999).
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3.2. Modeling method

The 2D simulations based on the multi-scale model were
performed using the industrial CFD code FLUENT 6.3.26 (Ansys
Inc., US) in double precision mode. In addition, a commercial grid-
generation tool, GAMBIT 2.3.16 (Ansys Inc., USA) was used to
generate the 2D geometries and grids. Initial grid independence
studies indicate that a total of 9471 uniform cells (Fig. 5(c)) are
sufficient to solve the multi-scale model accurately. The governing
equations in the CFD model were discretized via uniform struc-
tural mesh using a finite-volume method. All of the field variables
and their derivatives in a control volume were discretized using a
second-order upwind method. Pressure and velocity were coupled
with the SIMPLE algorithm and the sub-relaxation iteration
method was used to ensure convergence. The governing equations
in the single-particle model were solved using the orthogonal
collocation method coupled with the Newton method. The equa-
tions and source terms of the single-particle model, the reaction
kinetic model, Yang et al.'s drag model (2003), the perikinetic
aggregation kernel, and other auxiliary equations of the gas
mixture were incorporated into the CFD model using external
user-defined functions (UDFs). Furthermore, the simulations were
executed using a Dell T410 server platform with a 2.4 GHz Intel
Xeon 4 CPU with 8 GB of RAM. Details of the entire computation
process are shown in Fig. 6.

4. Model verification and evaluation

In this section, the predictive accuracy of the single-particle
model is first verified, and the feasibility of the coupling method
and reliability of the simulation results based on the multi-scale
model are discussed.

4.1. Single-particle model verification

This section aims to verify the single-particle model. Herein,
the effectiveness factor (defined by Eq. (6) (Solsvik and Jakobsen,
2011)), a dimensionless variable reflecting the extent of diffusion
resistance within a catalyst, was calculated using the single-

particle model. The simulated data were compared with the
estimated values obtained from the empirical formulas (Smith,
1981; Aris, 1969) listed in Eqs. (7) and (8).

η¼ actual rate of action
rate reaction with surface condition

ð6Þ

ηi �
tanhðh0iÞ

hi'
; ð7Þ

where,

h0i ¼
1

αext

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
3ki;0ρcφintcn�1

i;0

2

s
: ð8Þ

The FCC riser selected in this section is an industrial refinery,
the Regina Refinery of Canada (1994). The single-particle model
based on the catalyst position in the riser was solved using Matlab
software. Simulation boundary conditions and actual parameter
distribution data in the riser were collected from available reports
(Ali et al., 1997; Han and Chung, 2001; Gupta and Rao, 2003; Berry
et al., 2004; Wu et al., 2009; Sharma et al., 2011). Fig. 7(a)
compares the simulation and estimated data obtained from the
empirical equations, in which the simulated data were found to be
consistent with the estimated data for the VGO reaction.

4.2. Evaluating the feasibility and accuracy of the coupling method

As discussed earlier, the predictive accuracy of single-particle
model has been verified (Section 4.1). The pure conventional CFD
model for the FCC riser reactor is widely implemented, and our
group has performed FBR simulation research over several years
and accumulated practical expertise in various aspects of this
research field (Shi et al., 2010; Chen et al., 2011; Yan et al., 2011;
Gao et al., 2011; Yan et al., 2012a, 2012b; Li et al., 2013). Herein, the
feasibility of the coupling method and the accuracy of the multi-
scale coupling model are analyzed as follows:

Step 1: The multi-scale model is solved using Fluent software,
and the laboratory-scale riser reactor is simulated to obtain
the steady-state flow field within the reactor. Simulation testing
showed that 15 s, as a conservative estimate, is necessary to reach

Fig. 6. Solution procedure of the multi-scale model.
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steady-state conditions in the riser. Step 2: The multi-scale model
is initialized with the parameter distributions obtained at t¼15 s
as described in Step 1. Typical grid points are chosen as shown
in Table 6, the next iteration is performed in Fluent, and the
effectiveness factor is obtained in this iteration. Step 3: Using the
same parameter distributions at t¼15 s as in the boundary
condition, the single-particle model is solved using Matlab soft-
ware, and the obtained effectiveness factors are compared with
those obtained via Fluent software, described in Step 2.

Fig. 7(b) compares simulation values obtained from Matlab and
Fluent software. The simulation values obtained using the two
methods are basically identical. Therefore, the effectiveness factors
calculated using the pure single-particle model are consistent with
those obtained using the multi-scale model, which demonstrates
that the coupling between the single-particle model and the CFD
model is successful and that the calculation accuracy of the multi-
scale is reliable.

5. Results and discussion

In this section, the single-particle model was first applied to
an industrial-scale FCC riser. An investigation of the intraparticle
transfer effect based on different catalyst positions in the riser was
performed. The multi-scale model was then applied to a laboratory-
scale riser. Three cases were considered: (i) the pure CFD model
coupled directly with the reaction kinetic model (Case 1); (ii) the
case (i) model coupled with the single-particle model (Case 2); and
(iii) the case (ii) model coupled with the PBM (Case 3). Reactive
flows with and without intraparticle transfer effects were com-
pared, and the effect of intraparticle transfer with the PSD on VGO
reaction rate, product yield, feed conversion, etc., were analyzed.

5.1. Intraparticle transport phenomena

Fig. 8 illustrates the main parameter differences between the
surface and the center of a single FCC catalyst particle along the
axial direction of the industrial-scale riser caused by intraparticle
transfer limitations. As described in Fig. 8(a) and (b), significant

temperature and pressure differences may be found between the
particle surface and its center, which indicates the existence of
intraparticle transfer resistances. The intraparticle transfer effect
decreased along the axial direction of the riser and was significant
in the bottom section (Ho10 m), relatively weak in the middle
section (10 moHo20 m), and weakest in the upper section
(20 moHo33 m) of the riser. These three different zones could
also be distinguished based on VGO concentration (Fig. 8(c)).
Therefore, three different zones may be identified in risers based
on intraparticle transfer effects along the axial direction; these
zones are the transport-controlled, reaction-controlled, and inter-
mediate transition zones (Fig. 8(d)).

The effectiveness factors for VGO reactions at different heights
along the axial direction were also calculated to confirm the
validity of the zone divisions. The effectiveness factor is a dimen-
sionless quantity that describes intraparticle transfer effects on the
FCC reactions (for a more detailed definition, see Section 4.1);
larger deviations of this value from 1.0 indicate stronger effects
caused by intraparticle transfer limitation. For the VGO reaction, a
meso-scale definition of the different reaction zones in the riser
could be established on the basis of the different values of the
effectiveness factor given in Fig. 8(d). For instance, the transport-
controlled zone (0oη0o0.69), the reaction-controlled zone
(0.80oη0o0.90), and the intermediate transition zone (0.69o
η0o0.80) could be defined (Chen et al., 2013).

In summary, the single-particle model offers new insights into
the fundamental meso-scale mechanism of catalytic cracking, and
details of the mass and heat transfer phenomena within the
catalyst particle could be obtained. The basic sub-model under-
lying the multi-scale model may also be identified. This sub-model
shows significant effects on the flow field distributions compared
with conventional CFD models without considering intraparticle
transfer effects and captures realistic reaction behaviors in FCC
risers.

5.2. Multi-scale transport and reaction phenomena

5.2.1. Two-phase flow behavior
L32 is an important output variable directly related to particle

size; thus, it affects flow fields in reactors via the PBM. The
relationship between particle size and flow fields is reflected
clearly by the volume fraction distribution of catalyst particles.
Fig. 9 illustrates the transient PSD in the riser for Case 3 at
different times. Fig. 9 shows that the multi-scale model captured
particle breakage and aggregation phenomena that are usually
missed by conventional CFD models. At the initial stage, the PSD
was relatively narrow (to0.5 s). Two large changes in PSD were
then found at 0.5–1.0 s and 1.0-3.0 s. In practice, the PSD increases
because of particle breakage and aggregation. After 3.0 s, the
change in particle size was relatively small. A wider PSD could

Fig. 7. Model validation and evaluation ((a) Single particle model, (b) Multi-scale model)).

Table 6
The boundary of grid nodes.

Cell T/(K) P/(kpa) YVGO Ygasoline Ygas Ycoke YH2O

1 768.6 2.476 0.717 0.153 0.078 0.002 0.05
2 768.5 2.470 0.485 0.306 0.072 0.087 0.05
3 749.5 2.468 0.372 0.385 0.182 0.011 0.05
4 745.2 2.467 0.270 0.452 0.210 0.018 0.05
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be observed from Fig. 9 at these time points compared with those
in the initial stage.

To demonstrate the particle breakage and aggregation phe-
nomena more clearly, the spatial distributions of particle volume
fraction in Cases 2 and 3 were also calculated (Fig. 10). Particle
breakage and aggregation are shown in Fig. 10. The particle
volume fraction distributions in the riser in Cases 2 and 3 were
almost identical for to0.5 s. With increasing gas–solid fluidiza-
tion, significant differences were found because of particle break-
age and aggregation, and these differences corresponded well with
the PSD (Fig. 9). Fig. 10 also shows that the particle breakage and
aggregation effect was more obvious in the middle-upper section
than in the bottom section of the riser. The particle volume

fraction was similar in the bottom section, whereas obvious
particle aggregation (3.0 s to 8.0 s) and breakage (5.0 s to 10.0 s)
were observed in the middle-upper section (Fig. 10). The particle
volume fraction in Case 3 was larger than that in Case 2 in the
middle-upper section. The multi-scale model captured particle
breakage and aggregation phenomena in the industrial FCC
process that cannot be predicted by conventional CFD models.
Therefore, the multi-scale model more realistically and elaborately
predicts flow field information in FCC risers than single-particle
models. Detailed differences in time-averaged (15–30 s) flow field
distributions obtained by the multi-scale model are presented in
Figs. 11–13.

Fig. 11 shows the particle volume fraction profiles. The particle
volume fraction decreased to a stable state along the axial
direction in the riser (Fig. 11(a)). At the same axial position in
the riser, the particle volume fractions near the wall region
(annulus) were larger than those at the center (core), which
indicates that the radial particle volume fraction distribution
profile exhibits a “core-annulus” shape (Fig. 11(b)–(d)), thereby
agreeing with previous theoretical and experimental results
(Sadeghbeigi, 2000; Xu et al., 2002). The qualitative trends pre-
dicted in Cases 1 to 3 were similar, which further demonstrates
that the multi-scale model has good qualitative prediction cap-
ability for simulating an actual riser. Fig. 11 shows that the entire
volume fraction in Case 1 (pure CFD model) was larger than that in
Case 2 (CFD model with intra-diffusion effect) both in the axial and
radial directions in the riser. For the axial profiles, the particle
volume fraction in Case 3 (CFD model with intra-diffusion and
PSD effects) was larger than that in Case 2 (with intra-diffusion
effect only) in the middle-upper bottom sections of the riser;
these fractions were similar in the bottom section for both cases.
For the radial profiles, the distributions were almost identical at
the center region in the bottom section of the riser, whereas
significant differences were found near the wall region and in the

Fig. 8. The intraparticle transfer effect along the riser height ((a) Temperature differences between the surface and the center of the particle, (b) Pressure differences
between the surface and center of the particle, (c) VGO concentration difference (VGOs: the VGO concentration on the surface of the particle, VGOc: the VGO concentration
on the center of the particle), (d) VGO effectiveness factor)).

Fig. 9. PSDs in the FCC riser reactor in case 3 at different time spots.
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middle-upper section (Fig. 11(b)–(d)). The distribution in Case 1
was larger than that in Case 3 at the bottom of the riser but
smaller in the middle-upper sections. In particular, the particle
volume fraction in Case 2 along the radial direction was larger
than that in Case 3 near the wall region and similar to Case 3 at the
center region of the riser in the bottom section. By contrast, the
particle volume fraction in Case 3 was larger than that in Case 2 in
the middle-upper section. The particle volume fraction in Case 1
was larger than that in Case 3 near the wall region and relatively
smaller at the center region of the riser. These results could be
explained by the flow behaviors described in Fig. 10 and further
prove that intraparticle transfer limitations have significant effects
on the two-phase flow behavior. The PSD also showed more
significant effects on the flow field in the middle-upper section
of the riser than in any other section. Therefore, the qualitative
results predicted via the multi-scale model differ from those

predicted via the pure CFD model. The intraparticle transfer effect,
PSD, and gas–solid two-phase flow should be considered simulta-
neously to capture the actual fluid dynamics in FCC risers.

Fig. 12 describes the calculated time-averaged phase velocity
profiles. After the apparent acceleration period in the riser bottom
section, both gas- and solid-phase velocities in the riser changed
into a fully developed profile, which then became constant
(Fig. 12(a), (b)). The phase velocity exhibited a parabolic distribu-
tion profile that was high at the riser center and relatively low
near the wall region (Fig. 12(c), (d)). Solid downflow at the wall
region could also be observed in Fig. 12(d). The two-phase velocity
profiles matched well with the literature data (Sadeghbeigi, 2000;
Xu et al., 2002), which further proves that the multi-scale model
could accurately predict the flow field behavior in the riser. Fig. 12
also shows that the gas-phase velocity in Case 1 was larger than
that in Case 2, whereas the solid-phase velocities in both cases

Fig. 10. The particle volume fraction in the FCC riser reactor at different time spots.

Fig. 11. The particle volume fraction profiles ((a) Axial distribution, (b–d) radial distribution).
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were similar (Fig. 12(a), (b)). Given that the cracking reaction rates
in Case 1 (without intra-diffusion resistance) were faster than
those in Case 2 (with intra-diffusion resistance), the gas velocity in
Case 1 was larger. The velocity of the solid phase is controlled
simultaneously by many factors, such as the interaction forces
between phases, its own weight, friction, and collision. The solid
volume fraction in Case 1 was larger than that in Case 2. All of
these factors contributed to the solid-phase velocity profiles
described in Fig. 12(b). Fig. 12(a) and (b) also show that the two-
phase velocity in Case 3 was obviously lower than that in Case 2,
which could also be explained by the results obtained in Fig. 11(a).
Here, the particle volume fraction in Case 3 was larger than that
in Case 2, which leads to larger resistance against acceleration.
In summary, the gas and solid velocity distribution profiles (Fig. 12)
demonstrate that the qualitative results predicted using the multi-
scale model are reliable and different from those predicted using
the CFD model.

Fig. 13 shows the predicted time-averaged pressure drop and
temperature profiles, which are qualitatively consistency with
the results reported in literature (Sharma et al., 2011). Obvious
differences captured by the multi-scale model could also be

observed. Fig. 13(a) shows that the pressure drops in Cases 1 and
3 were larger than that in Case 2, which is due to the variation in
particle volume fraction (Fig. 11(a)). Fig. 13(b) shows that the
temperature in Case 2 was lower than that in Case 1, whereas that
in Case 2 was slightly higher than that in Case 3. As described in
Section 5.1, obvious temperature gradients exist within the parti-
cle because of intraparticle transfer limitation. Accordingly, both
the reaction temperatures in Cases 2 and 3 were smaller than that
in Case 1 without intraparticle transfer limitations. The particle
aggregations in Cases 2 and 3 were relatively more significant than
in Case 1, thereby increasing intraparticle transfer resistance
within the particle clusters. In addition, the particle concentration
was relatively larger. These phenomena resulted in deeper reac-
tions and lower temperatures.

The simulation results demonstrate that the multi-scale model
has good qualitative predictive capability for simulating an actual
FCC riser. Given that the multi-scale model incorporates a single-
particle model to consider the intraparticle transfer limitation and
the PBM to consider the PSD, more elaborate flow behaviors in the
industrial FCC process, such as the intraparticle molecule transfer
and reaction and the particle breakage or aggregation, could be

Fig. 12. The gas and solid phase velocity profiles ((a–b) Axial profiles, (c–d) radial profiles).

Fig. 13. The profiles along the riser height ((a) pressure drop profiles and (b) temperature profile).
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captured; these behaviors are not described by conventional CFD
models. As a result, more realistic flow fields could be obtained.
Figs. 11–13 show that the particle volume fraction predicted by the
multi-scale model is smaller than that obtained via a pure CFD
model in the bottom section of the riser but larger in the middle-
upper sections. Corresponding differences in other parameters
(i.e., velocity, temperature, and pressure) are also observed.

5.2.2. Two-phase reaction behavior
As described in Section 5.2.1, obvious flow field differences

could be found in Cases 1 to 3; these differences could certainly
lead to different two-phase reaction behaviors in (Figs. 14–18).

Fig. 14 shows the effectiveness factor distribution of the VGO
reaction at specific steady-state time points. The intra-diffusion
resistance was found to be significant for the FCC process. Three
different reaction zones based on diffusion limitation could be
qualitatively identified, namely, the transport-controlled, the reac-
tion-controlled, and the intermediate transition zones; these
zones are the same zone divisions in the riser based on the
single-particle model (Section 5.1). The zone divisions further
demonstrate that the multi-scale approach/model is feasible and

the qualitative trends predicted by the multi-scale approach/model
are reliable. The multi-scale model could capture more elaborate
reaction behaviors because the intraparticle transfer effects are
considered; such effects cannot be obtained by the pure conven-
tional CFD model. From the zone divisions, more detailed interac-
tion relationships between mass, heat, and momentum transfers, as
well as chemical reactions, could be observed. For instance, in the
transport-controlled zone, intraparticle mass and heat transfer
resistance are relatively large. Thus, the VGO reaction rate in this
zone was lower than that in the pure CFD model. The space
volumes of both the transport-controlled and intermediate transi-
tion zones in Case 3 (with intra-diffusion and PSD) were larger than
those in Case 2 (with intra-diffusion only) (Fig. 14). The PSD has a
significant effect on the reaction behaviors, particularly in the
middle-upper section of the FCC riser. In summary, the multi-
scale model can predict more realistic and detailed reactions and
flow behaviors in FCC risers. The effects of intraparticle transfer
with PSD on the yield of products and feed conversion are further
analyzed below.

Fig. 15 shows the contours for species mass fractions. Obvious
differences may be found in Cases 1 and 2. These difference were
significant in the bottom section of the riser (Ho0.5 m) and

Fig. 14. The VGO effectiveness factor profiles along the riser height.

Fig. 15. The species mass fraction contour of the riser.

G.-Q. Chen, Z.-H. Luo / Chemical Engineering Science 109 (2014) 38–5248



decreased along the axial direction. This phenomenon corresponds
with the decrease in intra-diffusion along the riser height (Figs. 8
and 14). However, the total composition profiles in Cases 2 and 3
were similar at the same axial height. Given that the particle
volume fraction in Case 3 was larger than that in Case 2 (Fig. 11(a)),
the reaction degree thus increased. The axial and radial composi-
tion profiles in Cases 1 to 3 were still different, and these may
be observed in Figs. 16 and 17. Fig. 16 shows that all of the
axial component concentrations changed rapidly near the riser
entrance and gradually in the upper regions. All of the yield non-
uniformities in the radial direction could also be observed in
Fig. 17 because of solid fraction non-uniformity in the radial
direction (Fig. 11(b)–(d)). These results for component concentra-
tions are consistent with those reported in the literature (Gao
et al., 1999; Wu et al., 2009; Sharma et al., 2011). Fig. 16 shows that
the reaction degree in Case 2 was larger than that in Case 1, and
both the gasoline and gas yields in Case 2 were higher than those
in Case 1. In practice, given that intraparticle transfer resistance is

considered in Case 2, the reaction rate in this case is lower than
that in Case 1, which results in lower mass fractions in Case 2. This
phenomenon consequently results in longer catalyst residence
times, that is, a deeper reaction degree in Case 2. Fig. 16(a) shows
that the effect of intraparticle mass transport resistance was most
significant on VGO, followed by gasoline, and then gas. The effect
of PSD on all of the components was more significant in the
middle-upper section than in any other section of the riser. As
described in Fig. 16(b), the effect of PSD on the bottom section of
the riser was nearly identical among all cases but deviated slightly
in the middle-upper section.

Fig. 17 illustrates simulated radial component differences at
typical axial height positions resulting from the application of
different sub-models. The simulated VGO fraction in Case 1 was
higher than that in Case 2 and higher in Case 3 than in Case 2 near
the wall region but lower at the center region. Opposite results
were found for the products described in Fig. 17. To investigate the
intraparticle transfer effect predicted via the single-particle and

Fig. 16. The species mass fraction axial distribution along the riser height.

Fig. 17. The species mass fraction radial profiles at different elevations z in the riser ((a) z¼0.25 m, (b) z¼0.875 m, (c) z¼1.25 m).
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PBM sub-models directly, the detailed feed conversion distribution
in the riser was predicted using the different models (Fig. 18).
Fig. 18(a) shows that the simulated feed conversion in the entire
riser was highest in Case 3 and lowest in Case 1. The same results
could be found along the riser radial direction except for the distri-
butions near the wall region of the bottom section (Fig. 18(a)–(d)).
In summary, the multi-scale model could well capture the qualitative
features of the FCC process and produce more elaborate and realistic
simulations of reactor behaviors, which are necessary for acquiring
new insights.

6. Conclusions

In this study, a multi-scale model comprising a two-phase
CFD model, a single-particle model, and PBM was developed to
describe turbulent gas–solid flows and reactions in a polydisperse
FCC riser reactor. The single-particle and multi-scale models were
well verified and evaluated using empirical equations and simple
test cases. Comparing the results gives the following conclusions:

(1) Intraparticle transfer resistance was significant for fast or
strongly endothermic reactions (i.e., FCC), and feed conversion
was higher than that obtained from simulations using the pure
CFD model without the single-particle model. Three different
reaction zones, namely, the transport-controlled, reaction-
controlled, and intermediate transition zones, were identified
based on diffusion limitations in the industrial-scale and
laboratory-scale FCC riser reactors. These zones cannot be
obtained by the conventional CFD model.

(2) Particle breakage and aggregation were significant, particu-
larly in the middle-upper sections of the FCC riser. Some
particles became smaller and the solid volume became lower
than those observed in simulations using the pure CFD model
without PBM near the wall regions; other particles formed
clusters and the solid volume became larger than that
observed in simulations using the pure CFD model without
PBM in the central regions. As well, feed conversion was

higher than that obtained from the simulation without PBM,
except near the wall regions in the bottom section of the riser.

(3) Although the multi-scale model and its solution method have
been verified and evaluated, the simulation results could not
be completely generalized to commercial FCC risers. The
proposed model captures the qualitative trends within an
FCC riser well and the model is capable of obtaining more
elaborate reactor behaviors with relatively low computational
cost. This model helps improve the current understanding of
the FCC process at a more mechanistic and comprehensive
level and provides a viable approach for FCC process intensi-
fication and multi-scale reactor modeling studies. The results
of this work will be verified in future studies.

In summary, the present work offers new insights into the
fundamental macro-scale and meso-scale mechanisms and repre-
sents a more systematic and comprehensive study that considers
both intraparticle diffusion limitations and catalyst PSD for the
FCC process. The multi-scale model could produce more detailed
and realistic reactor behaviors and will be helpful in multi-scale
reactor modeling.

Nomenclature

Ai Pre-exponential factor, m6=ðmol kgcat sÞfor the second
order reaction, m3=ðkgcat sÞ for the first order reaction

Ci molar concentration of the ith component, mol/m3

Ei activation energy of the ith reaction, J/mol
h0 Schiller modulus
ΔHi the heat absorbed by the ith reaction, J=kmol
Ki intrinsic rate constant of the ith reaction, m6=ðmol

kgcat sÞ for the second order reaction and m3=ðkgcat sÞ
for the first order reaction

Y int el
CH3OH ¼ 0:904 molecule weight of the ith component, kg/kmol

ℜi rate of the ith reaction, kmol=ðkgcat sÞ
T temperature, K
Yi mass fraction of the ith component
Ys
i the mass fraction of species i in the external of catalyst

Fig. 18. The feed conversion profiles ((a) the contour plots (b) axial distribution, (c) radial distribution at z¼0.25 m, (d) radial distribution at z¼0.875 m, (e) radial
distribution at z¼1.25 m).
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η reaction effectiveness factor
α catalyst deactivation coefficient
αex external surface area of zeolite crystal
ρ mixed fluid density, kg=m3

ρq the density of the qth phase, kg=m3

ρcat real catalyst density, kg=m3

ρi the ith component density, kg=m3

φtc intrinsic catalyst decay function

Superscript

c the center of the catalyst particle
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